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In this work, a theoretical study of an adiabatic Pd-Ag tubular membrane 
reactor is carried out for hydrogen recovery by carbon monoxide upgrading. 
The process is conducted using the catalytic high temperature water-gas-
shift reaction (HT-WGS) over an industrial Fe2O3-Cr2O3-CuO catalyst. 
Indeed, a parametric sensitivity study was done by using a non-isothermal 
mathematical model developed for this purpose. The Pd-Ag membrane 
reactor performance was obtained by numerical integration of the obtained 
model and the principal metrics used are the CO conversion and on H2 
recovery predicted in a large game of operating conditions. From the main 
obtained results, the following remarks can be drawn: except of gas hourly space velocity (GHSV) and H2O/CO feed molar ratio, 
increasing the inlet temperature, inert gas flow rate and reaction pressure are beneficial for achieving a higher hydrogen permeation 
rates. This leads to favor the H2 production and resulting in the enhancement of CO conversion and of H2 recovery with high purity. 
Finally, it was found that a near complete CO conversion (99.99%) and a high H2 recovery (96.4%) can be achieved by combination 
of the obtained optimum operation conditions. 
 
 

INTRODUCTION 

The water-gas shift (WGS) reaction has been 
applied since a long time for syngas processing,1 it 
is largely occurs commonly with steam reforming 
of hydrocarbons or partial oxidation of oil and 
natural gas.1-2 Considering the single WGS 
reaction, the products mixture is mainly composed 
of H2 and CO, CO2, H2O and small amounts of 
unconverted reactants.3-4 Its major roles in various 
industrial applications are the production of 
hydrogen, which can be utilized as a clean fuel for 
use in gas turbines and fuel-cells and for ammonia 
synthesis in the fertilizer industry. It can be used 
also to adjust the CO/H2 ratio as required for 

alternative hydrocarbon fuels through Fischer-
Tropsch synthesis.1,5-7 Commonly, the up-grading 
of the hydrogen-rich gas stream is devoted to 
reduce the CO concentration up to the required 
levels (typically 3000-4000ppm), having the two 
main following goals: the first consists to increase 
the hydrogen production rate and the second one to 
purify the reformate stream. The water gas shift 
reaction described by eq. (1)3 allows realizing both 
precedent aims. The reaction takes place over an 
appropriate catalyst in which the water in the form 
of steam is mixed with carbon monoxide to obtain 
hydrogen and carbon dioxide, according to the 
following reaction: 

 

 222 COHOHCO +↔+     141 −−=∆ kJmolHWGS  *(1) 
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It is known that the WGS reaction is kinetically 

and thermodynamically limited because it is both a 
reversible and exothermic reaction. Therefore in 
the practical industry, WGS reaction is performed 
in a two-stage adiabatic reactor with intermediate 
cooling:8 the first stage consists of a high-
temperature shift (HTS: at 643-673K and 10-
60 bar) and the second called the low-temperature 
shift (LTS: at 473K and 10-40bar), utilizing Fe2O3-
Cr2O3 and Cu-ZnO-Al2O3 catalysts, respectively. 
The output stream from the second reactor is then 
directed to some hydrogen separation unit for its 
purification by pressure swing adsorption or by 
using cryogenic distillation.8 The WGS reaction 
was mostly studied over several catalysts, 
especially over iron based catalysts, and over a 
large wide of operating conditions. So, the 
obtained performances are different from a case to 
another case study. The HTS is characterized by 
fast kinetics, but the final CO conversion is limited 
by equilibrium constituting a rigid limit for a 
conventional reactor as a “closed system”. On the 
contrary, the LTS undergoes slow kinetics, but the 
thermodynamic limitation is much less severe than 
that of HTS.9 This affirmation could be justified by 
the obtained performances such as the observed 
reaction rates achieved over different designed 
catalyst, and at various operating conditions. 
Concerning the reaction rates, for instance the 
obtained findings under various temperatures, at a 
total pressure of 1atm and a H2O/CO molar ratio of 
1, show that in the case of Fe2O3-Cr2O3 (powder) 
catalyst the observed rate at 773K (19.5 mol.g-1.s-1) 
was almost 9 times higher than the obtained at 
623K (1.98 mol.g-1.s-1).10 In other hand, running 
the HT-WGS reaction over 1%wt Rh/Fe2O3-Cr2O3 
exhibit an observed rate of 30.8 mol·g-1·s-1 at 773K, 
which is almost 3 times higher than the obtained at 
623K (9.90 mol·g-1·s-1).  So, it can be concluded 
from these examples the observed reaction rates 
obtained in the case of 1% wtRh/Fe2O3-Cr2O3 were 
as fast as the obtained ones in the case of Fe2O3-
Cr2O3. It was also reported for both cases of HT-
WGS and LT-WGS carried out over 1 wt%Rh/ 
Fe2O3-Cr2O3 catalyst and under a feed molar ratio 
H2O/CO of 1, it is often necessary to operate at 
higher temperatures catalysts (HTS) to achieve 
sufficiently high reaction rates.10 

For improving the performance of WGS reaction, 
the implementation of catalytic membrane reactors 
(CMR) is very promoted.3,11 This technology seems 
very interesting and promising due to the attractive 
possibility of realizing both reaction and gas 
separation/purification in the same apparatus.12 
During the reaction, a selective membrane removes 

continuously one of the products from the reaction 
mixture and shifting the reaction toward the 
formation of desirable products, making it possible to 
reach higher conversion. So, the use of a membrane 
reactor for reversible reaction may be suppresses the 
equilibrium limitations.13,14 As a result, the amount of 
catalyst for a desired conversion level is reduced.13,15–17 
Therefore, the combination of hydrogen perm-
selective membranes and the WGS reaction 
constitutes the basic concept of membrane reactor 
technology, which involves various synergistic 
benefits to replace the high temperature shift 
complexity.9,18-20 For this purpose, the judicious 
choice of the membrane, the membrane reactor 
design and the operational parameters are the most 
important considerations in drawing a WGS 
membrane reactor. Hence, in this context a 
considerable research activity has been focused on 
integration of H2 perm-selective membranes in WGS 
reaction, and various mathematical models and 
simulation studies have been developed to describe 
their behavior in terms of reaction conversion and 
hydrogen recovery. According to this trend, several 
process operating variables, such as feed and 
permeate pressure, operating temperature, membrane 
thickness and the inert gas fraction for hydrogen 
evacuation, have been analyzed.21-22 Different 
approaches can be used to develop models aimed at 
investigating how membrane responses may change 
under the influence of several variables. The WGS-
CMR reactor is naturally corresponding to two-
dimensional system (2-D). In this configuration, the 
reaction gas mixture flow is axial, while the 
separation of H2 through the membrane is radial; 
therefore, the concentration gradients are not negligi-
ble in both dimensions. Practically, a reasonable 
assumption can be made that no significant radial 
concentration gradient exists if the length of the 
reactor is much greater (>10 times) than the 
characteristic width of the catalyst bed. Under this 
assumption, the model is considerably simplified for 
a one dimensional (1D-) mathematical representa-
tion.18,23-24 The majority of the investigations on the 
WGS reaction in membrane reactors is relatively 
related to the low-temperature (<623K) operation. A 
few reports involved with the high-temperature 
operation (673K).9,25 Therefore, considerable efforts 
are done for developing robust H2-permselective 
membranes suitable for high-temperature WGS 
operation. In particular, dense Pd-alloy membranes, 
zeolite membranes, carbon molecular sieve mem-
branes and micro-porous amorphous silica-based 
membranes are the most used for this purpose.25-26 
Palladium and its alloys such as Pd-Ag and Pd-Cu 
present an infinite hydrogen permselectivities which 
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makes it possible to obtain pure hydrogen according 
to H2-specific permeation mechanism called solution-
diffusion.14,27 However, the use of the Pd membranes 
is limited due to their costs, embrittlement that is 
caused by the structure modification due to the α–β 
phase transformation and significant reduction in 
permeance, especially in the presence of carbon 
monoxide owing to competitive surface chemisorp-
tions.14,28 By using Pd-alloy membranes, obtained by 
alloying the Pd with Ni, Cu, Au, Ru and, in 
particular, Ag can reduce the precedent drawbacks. 
For example, the role could be played by silver is 
explained by its electron donating behavior, that is 
being largely analogous to the one of the hydrogen 
atom in palladium. Furthermore silver and hydrogen 
atoms would compete for the filling of electron 
holes.12,29-31 In fact, depositing a thin Pd-layer on a 
porous supports, such as the Pd–Ag alloy membranes 
show lower cost because of a lower content of 
palladium.3,9,28,32 Many one-dimensional (1-D) mod-
els have been proposed to simulate the performance 
of WGS reaction in Pd-Ag membrane reactors.11,33 

The WGS reaction was described and studied 
through a 1-D isothermal and isobaric model17 to 
simulate the HT-WGS in a Pd-Ag membrane reactor 
in the temperature range of 673-773K to assess the 
effects of the feed condition (example: H2O/CO 
molar ratio and inlet temperature) on the CO 
conversion and H2 recovery. Their results highlight 
that the 98.2% was the best CO conversion in which 
obtained at 723K and corresponding to 81.2% of 
hydrogen recovery. The WGS reaction was also 
studied using both a Pd-based membrane and a 
Pd/Ag-based membrane in a temperature range of 
331-350°C.34 In order to interpret the reaction 
experimental data, two mathematical models describ-
ing the system under isothermal conditions and 
considered an axial differential mass balance in terms 
of partial pressure for each chemical species were 
developed. Their findings show that a complete 
separation of hydrogen from the other gases of the 
reaction system was obtained. The simulation study 
and the experimental results show a satisfactory 
agreement and both highlight the possibility to shift 
towards 100% the conversion by using the Pd/Ag 
membrane operating under the investigation condi-
tions. A one dimensional non isothermal model was 
developed and used to compare the performances of 
a Pd-Ag MR operating at high temperature,35 and a 
traditional process consisting of two (high and low 
temperature) reactors for the WGS reaction. The 
following variables were studied: inlet temperature, 
feed pressure, H2O/CO feed molar ratio, and space 
velocity. They found that with only one stage based 
on a Pd-alloy MR can replace the two sections of the 
traditional process. 

The main objective of the present study is to 
develop a simplified model to understand the 
effects of several HT-WGS membrane reactor 
operational parameters on its performance to 
define the optimal operating ones. A novel window 
for hydrogen production from the water gas shift 
reaction is proposed, using high temperature to 
enhance the rate of reaction and employing a 
hydrogen separation membrane for the collection 
of the high purity hydrogen product by the 
immediate evacuation of hydrogen across the Pd-
Ag membrane at the used temperatures and other 
investigated parameters. 

Membrane reactor description 

In this study, water gas shift reaction is carried 
out in a Pd-Ag membrane reactor packed with an 
industrial Fe2O3-Cr2O3-CuO catalyst.36 The 
membrane reactor under study is shown in Fig 1. 
The reactants were fed into the tube side of the 
reactor, while hydrogen will permeate through the 
Pd-Ag membrane to shell side through a Pd-Ag 
membrane of a thickness of 50µm. An inert gas 
flow rate ( )IF is introduced into the shell side to 
collect the permeated hydrogen. The hydrogen 
permeation occurs if the partial pressure of 
hydrogen on the tube side is greater than the shell 
hydrogen partial pressure. So, a low-pressure, 
high-purity hydrogen permeate is recovered from 
the shell side. The study of the HT-WGS reaction 
is conducted under the simulation conditions and 
membrane reactor properties shown in Table 1. 

Mathematical model 

Among the proposed models in the literature, and 
to simplify the complexity of the reactor computa-
tions, the pseudo-homogeneous model that used in 
our study is only considering one-dimension and it 
can be served for understanding the reactor behaviors 
under the investigated conditions. It should be noted 
that the average predictions obtained using this model 
remains as a solid approach for reactors calculations 
especially for reactors integrating membrane for 
separation. This approach is based on the following 
main considerations, in which used for describing the 
reactor under study: The radial dispersion is 
negligible; the transport by plug flow in the axial 
direction is considered, temperatures gradients in the 
axial direction are taken into account and the external 
resistances are considered to be negligible.39 The 
radial gradient in gases concentration is not consid-
ered due to the infinite homogeneity at the plug flow 
regime.40 The porosity along the catalyst bed was 
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considered also constant. So the pseudo homogene-
ous reactor model is obtained by coupling of the 
obtained equation of mass balance with the heat 
balance equation, therefore it is possible to predict the 
axial temperature profile under non-isothermal 
conditions.41 In the following, the governing equa-
tions are separately presented for each part of Pd-Ag 
membrane. 

1. Governing equation in tube side 

a) Reaction rate correlations  
In this study, an empirical power law type rate 

expression 36 in which given by Eq. (2) is used to 
describe the reaction kinetics on the iron-chrome 
oxide high temperature shift catalyst: 

 

 

2 2

2 2 2

2

0 1exp 1 CO Ha b c da
WGS CO H O CO H

eq CO H O

P PE
R k P P P P

RT K P P

  = − −     
 (2) 

 
Where WGSR is the WGS reaction rate,

 
jP  is the 

partial pressure of species j, and a , b , c  and
 
d are 

the reaction order of ,CO
 

2 ,H O
 

2 ,CO
 

2 ,H  
respectively.

 

0k is the pre-exponential factor,
 

aE  
is the apparent activation energy, T is the absolute 
temperature and R is the universal gas constant. 
Finally, the temperature dependence of the 

thermodynamic equilibrium constant is defined  
as: 42 

 

4 5 7 7 .8ex p 4 .3 3epK
T

 = −  
 (3) 

 The various kinetic parameters values of 
the used kinetic model are summarized in Table 2. 

 

 
Fig. 1 – Schematic representation of Pd-Ag membrane reactor. 

 
Table 1 

Operating conditions, membrane properties and reactor dimensions 

Parameters Values References 

Total pressure, TP  1-6 atm 9 
Permeation pressure side, permP  1 atm 37 

H2O/CO feed molar ratio,ϕ  1-4 8,38 

Gas hourly space velocity, GHSV  2000-6000 h-1 8 

Inert gas flow rate, IF  50-150 mL min-1 of N2 12 

Catalyst bed porosity, ε  0.3 38 

Catalyst Density, catρ  7633.65 Kg m-3 38 

Pre-exponential factor,
2

0
HPe  9.88×10-6  mol m-1 s-1 kPa-0.5 8 

Membrane activation energy, E  26.63 kJ mol-1 8 

Reactor length, L  5×10-2 m 38 

Reactor diameter, D  15×10-3 m 38 
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Table 2 

Kinetics model parameters36 

Kinetic parameters Apparent reaction orders 

0k * aE  (kJ mol-1) a [ ]CO  b 2H O    c 2H    d 2CO    

-700 -111 1 0 -0.09 -0.36 

*(molg(catalyst)-1s-1kPa-(a+b+c+d)) 

 
The partial pressures used for evaluate the 

WGS reaction rate in Eq. (2) are given by: 

 
T

T

j
j P

F
F

P = , j =CO, H2O, CO2, H2 (4) 

In the above equation, jF  is the molar flow rate 
of species j, TP  is the total pressure and TF  is the 
total molar flow rate in tube side defined as: 

 222 HCOOHCOjT FFFFFF +++==∑   (5) 

where COF , OHF
2

, 
2COF and 

2HF  are the molar 
flow rates of carbon monoxide, steam, carbon 
dioxide and hydrogen, respectively. Accordingly, 
the expression (5) can be rewritten as follows: 

 
( )

2
10

HCOT YFF −+= ϕ  (6) 

whereϕ  is the feed molar flow ratio defined as 
follows: 

 
0

0
2

CO

OH

F
F

=ϕ   (7) 

where 0
COF  and 0

2OHF  are the inlet flow rate of 
carbon monoxide and steam at the reactor inlet, 
respectively. Finally, substituting Eq. (6) into  
Eq. (4), we obtain: 

 
( ) T

HCO

j
j P

YF
F

P
2

10 −+
=

ϕ
  (8) 

On other hand, the total molar flow rate in 
reactor inlet can be calculated: 

 34.22
36000

−









=
e

Q

FT   (9) 

where Q  is the volumetric flow rate, which can be 
defined as: 

 Q V GHSV= ⋅  (10) 

where V and GHSV are the volume and the gas 
hourly space velocity, respectively. Thus, the total 
molar flow rate in reactor inlet is given by: 

 
000

2OHCOT FFF +=  (11) 

 
b) Mass balance equation 
The mass balances for each species on the tube 

side are given by Eq (12): 

   1

(1 )j
c a t C i j i

i

d F
A R

d z
ρ ε υ

=

= − ∑  (12) 

where jF is the molar flow rate of species j, z  is 
the axial coordinate, ijυ the stoichiometry 
coefficients ( i  refers to the reaction and j  to the 
species), iR is the reaction rate, CA is cross-
sectional area of tube side, catρ is the catalyst 
density and ε  is the catalyst bed porosity. After 
some mathematical arrangements and by 
introduction of a dimensionless length ( )ζ  to  
(eq. 12), we get: 

   
WGS

CO

CcatCO R
F

LA
d

dX
0

)1( ερ
ζ

−
=

 
 (13) 

 
2. Governing equation in shell side 

As previously mentioned, the mass balance in 
shell side concerned only the hydrogen. The 
eliminated hydrogen through the Pd-Ag membrane 
is given by the following equation: 

 
2

2
Hm

perm
H JA
dz

dF
=   (14) 
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In the above equation, 
perm

HF
2

 is the hydrogen 

flow rate in the permeate side, mA  is the surface 

area of membrane and 
2HJ is the permeation rate 

of hydrogen, given by the Fick-Sieverts law:29 

 

( )5.0
,

5.0
, 22

2

2 permHretH
H

H PP
Pe

J −=
δ

 (15) 

where 
2HPe is the hydrogen permeability, 

retHP ,2
and permHP ,2  are the hydrogen partial 

 

pressures in retentate and permeate sides, respec-
tively. δ is the membrane thickness. The depend-
ence of the membrane permeability on the 
temperature can be expressed by the Arrhenius 
law: 29 

 






 −
=

RT
E

PePe HH exp0
22

 (16) 

where 0
2HPe and E are the pre-exponential factor 

and activation energy of hydrogen permeability, 
respectively. 

 

( )5.0
,

5.0
,

0

22

2

2
exp permHretH

H
H PP

RT
EPe
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 −
=

δ
 (17) 

 

Therefore, according to the definition of the 
parameter 

2HY  as the ratio of hydrogen flow rate 
over the initial carbon monoxide flow rate, the 
differential equation can be written: 

 

 

( )5.0
,

5.0
,

0

0 22
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H

CO

mH PP
RT
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F
A
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 −
=

δ
 (18) 

 

By introducing the dimensionless form, we get: 
 

 

( )5.0
,

5.0
,

0
0 222

2 exp. permHretHH
CO

mH PP
RT

E
Pe

F
Ld

d
dY

−






 −
=

δ
π

ζ
 (19) 

 
The hydrogen partial pressure in permeate side 

can be given: 

 
IY

PY
P

H

permH
permH +

=
2

2

.2
 (20) 

where I is the ratio between the molar inert gas 
flow rate ( )IF  to the molar inlet carbon monoxide 
flow rate, defined as: 

 
0

CO

I

F
FI =  (21) 

3. Heat balance 

The heat balance in the tube side with the 
adiabatic assumption can be simplified as follows6: 

( )
jj

CcatWGSWGS

FCp
LARH

d
dT

∑
−∆−

=
)1( ερ

ζ
 (22) 

where WGSH∆  is the molar enthalpy of  WGSR and 

jCp  is the specific heat of species j given as follows: 6 

 

 
5

2
623 101010

T
D

TCTBA
R

Cp j
jj

j +++= −−  (23) 

 
Table 3 

Specific heat capacities constants of species 6 

C p j  A
 

B
 

C
 

D
 

H2 27.01 3.508 0 0.69 
CO2 45.369 8.688 0 9.619 
CO 28.068 4.631 0 0.258 
H2O 28.849 12.055 0 1.006 
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The constants A, B, C, and D for each species 
are reported in Table 3. 

Correspondingly, the heat balance in term of 
molar enthalpy is a function of the temperature T 
according to the following equation: 

 

 
( ) ( )dTTCpHTH i

j

T

T
ji

j
Ti

ref

.. ∫∑+∆=∆ ° ν , KTref 15.298=  (24) 

 

where °∆ TH is the molar enthalpy of reaction at the 
standard state. refT is the reference temperature. 
Thus, by combining equations (24) and (25), the 

temperature dependence of the molar enthalpy of 
WGS reaction can be given by the following 
equation: 
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Carbon monoxide conversion ( COX ) and 

hydrogen recovery (
2HY ) are the evaluated 

performance of the Pd-Ag membrane reactor for 
conducting the HT-WGS reaction. These 
parameters are calculated according to equations 
(27) and (28), respectively: 

 

( ) ( )
( )inCO

outCOinCO
CO F

FF
X

−
=   (27) 

 ( )inCO

Perm
H

H F
F

Y 2

2
=   (28) 

where ( )inCOF , ( )outCOF  are the molar flow rate of 
carbon monoxide at the inlet and the outlet reactor, 
respectively. Perm

HF
2

 is the molar flow rate of 
hydrogen permeate in the shell side. 

4. Numerical solution strategy 

The literature indicates that it is desirable to 
perform WGSR at low temperature to obtain high 
CO conversion. However to achieve sufficiently 
high reaction rates, it is often necessary to operate 
at higher temperatures, even though the 
equilibrium composition is not so favorable under 
such conditions.10,42,43 Therefore, CO conversion is 
thermodynamically favored by low temperatures 
but, on the contrary, its kinetics is promoted by a 
high temperature.44 It is known that the HT-WGS 
is characterized by limit for the CO equilibrium 
conversion, so for overcome this constraint, 

removing hydrogen from the WGSR zone can 
break the equilibrium limitation and shifts the 
reaction toward the formation of products, making 
it possible to reach higher conversion. Based on 
these considerations, it should be noted that the 
equilibrium conversion are not presented in this 
work, and therefore it is limited to the evaluation 
of the CO conversion rates in the used membrane 
reactor, the quantities of hydrogen recovered and 
the temperature profiles under several operating 
conditions. These metrics are predicted from the 
obtained ordinary differential equations describing 
the behavior of the tube and shell sides. These 
equations are solved numerically using 4th order 
Runge–Kutta algorithm performed on MATLAB 
software with the following initial conditions at the 
reactor inlet: 0TT= , 0=COX  and 0

2
=HY . 

RESULTS AND DISCUSSION 

In this section, the obtained results and their 
associated discussions are presented. Let's remember 
that the main purpose of the established numerical 
model is to use it as a main tool to maximizing the 
reactor performance by finding the optimum range of 
operating parameters. The effects of these parameters 
upon model performance are of the utmost 
importance, because the HT-WGS reaction output 
depends strongly on the combination of these 
operating parameters. Therefore, a parametric 
sensitivity analysis was carried out to investigate the 
influence of the following operating parameters: 
H2O/CO feed molar ratio (1:1 to 4:1), inlet reaction 
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temperature (T0: 350-500°C), inert gas flow rate ( IF : 
50-150 mL/min of N2), gas hourly space velocity 
(GHSV: 2000-6000 h-1) and initial reaction pressure 
(P0: 1-6 atm).  

1. Effect of the feed molar ratio H2O/CO 

The study of the reactants molar fraction effect 
on the WGS-MR performance is of great 
importance. Therefore, the effect of steam content 
in the feed (steam to carbon monoxide ratios) on 
performance of Pd-Ag MR conducting the HT-
WGS reaction was evaluated by varying the 
H2O/CO molar ratio between 1 and 4 at the inlet 
temperature range from 350°C to 500°C, while 
keeping all other parameters fixed. The main 
results presented in Figs. 2 (a) and (b) show the 
obtained performance in terms of CO conversion 
and H2 recovery, respectively. By analyzing Fig. 
2(a), it was possible to see that before the inlet 
temperature of 410°C, the CO conversion increases 
significantly with increasing H2O/CO molar ratio. 
For example, under the inlet temperature of 350°C, 
the CO conversion improved from 29% to 34% as 
the H2O/CO molar ratio increased. It was therefore 
concluded that higher H2O/CO ratios leads to 
higher CO conversions because the kinetics was 
favored for higher steam content. Besides, since 
the excess of H2O shifts the WGS reaction toward 
the desirable products. In addition, it was usually 
recommended to avoid carbon formation in which 
may be caused by carbon monoxide dispro-
portionation via the Boudouard reaction. This is 
leads to carbon deposition on the catalyst and as a 
result causes the catalyst deactivation.37 On the 
other hand; more steam addition in the WGS 
reaction will cause higher energy consumption in 
its vaporization.45 Therefore, a lower H2O/CO 
molar ratio was favorable to reduce the amount of 
steam needed to achieve reasonable levels of CO 
conversion. However, above the inlet temperature 
of 410°C, further increase of H2O/CO molar ratios 
results in a relatively slightly increase of CO 
conversion. Although, the CO conversion increases 
sharply in this inlet temperature range, this 
corresponds to a substantial increase in hydrogen 
production. A possible clarification is that less 
hydrogen was separated as illustrated in Fig. 2(b), 
when the inlet temperature increases from 410°C 
to 500°C. It was seen that a particular behavior was 
observed with increasing the H2O/CO ratios; the 
hydrogen recovery shows a decrease trend. 
Particularly, the H2 recovery decrease from 54% to 
43%. Based on this observation, it was suggested 
that the water evaporation reduces the partial 

pressure of H2 at the tube side, which decreases the 
hydrogen permeation driving force intervening in 
the H2 solution-diffusion mechanism across the 
membrane.  However, at the lower H2O/CO molar 
ratio and for a given total pressure, the partial 
pressure of steam is reduced, and consequently the 
partial pressures of gaseous species including H2 
increase.37 As a result, H2 permeation rates are 
promoted by lowering H2O/CO ratios and higher 
H2 recovery were achieved. From point of view 
both CO conversion and H2 recovery, the H2O/CO 
molar ratio of 1:1 is appropriate. Regarding the 
axial temperature profiles (Fig. 2(c)) that obtained 
at different values of H2O/CO molar ratios in the 
used inlet temperature range, it can be concluded 
that under the investigated conditions, the use of an 
inlet temperature higher than 470°C could provoke 
an undesirable increase in the reaction temperature 
in the whole system. This increase can lead to 
other undesirable phenomenon such as thermal 
instability, catalyst deactivation and reactor 
runaway. Based on these results, it is very 
recommended to carry out the HT-WGS reaction 
under temperatures below 470°C. 

2. Effect of the reaction inlet temperature 

To evaluate the dependence of the Pd-Ag MR 
performance on the reaction inlet temperature and 
feed pressure, the effect of the inlet reaction 
temperature on CO conversion and H2 recovery 
was studied for 1, 3 and 6 atm. The optimum 
performance the HT-WGS reaction conducted in 
Pd-Ag MR should balance a high CO conversion 
and a high hydrogen recovery. As shown in Fig. 
3(a), both CO conversion and H2 recovery increase 
with the reaction inlet temperature increasing. In 
particular, it was interesting to notice that for the 
lower inlet temperatures below 410°C, the CO 
conversion is low of approximately 64%, because 
of the relatively slow reaction rate, and, 
consequently, the amount of H2 produced was also 
small. Besides, the permeation of H2 through Pd-
Ag membranes was an activated process 46 
therefore; H2 recovery was not favored when 
operating in this inlet temperature range, so the 
equilibrium shift promoted by the H2 recovery 
from the reaction medium was small about 29%. 
As the inlet temperature increases from 410°C to 
500°C, CO conversion increases from 82% to 99% 
and H2 recovery increases significantly from 40% 
to 54%. This was attributed to the reaction kinetics 
and the H2 permeation rates were favored at this 
range of temperatures, since they follow an 
Arrhenius law. Therefore, higher H2 permeation 
rate through the membrane making possible a 
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greater H2 recovery in the shell side and promoting a 
higher CO conversion. However, in these operating 
conditions with the aim to improve even further 
greatly enhancing the hydrogen permeation rate to 
achieve high H2 recovery by increasing the inlet 
reaction temperature from 410°C to 500°C may be 
difficult. In addition, the hydrogen permeation rate 
was not very high under the atmospheric pressure 
from where; the feed pressure was increased up to 
3atm. As shown in Fig. 3(b), a very high CO 
conversion was close to 99.99% and significantly 
increase of H2 recovery about 84% were achieved 
with the inlet temperature above 430°C. Moreover, 
under the pressure of 6atm as shown in Fig. 3(c), an 
extremely high H2 recovery of 92% can be reached 
with temperature above 410°C. This results show that 
the reactor should be operated under high feed 
pressure by controlling the reaction temperature to 
achieve an increment of the hydrogen permeation 

driving force, resulting in the improvement of CO 
conversion and H2 recovery. Furthermore, the 
optimum inlet reaction temperature for the current 
process was observed at 450°C in as much as this 
temperature yields the highest CO conversion and 
thereby high H2 production. The axial temperature 
profiles were also presented for each inlet 
temperature as shown in Fig. 3(d). It was obtained 
that running the reaction with inlet temperatures 
between 470°C and 500°C are not recommended. 
According to the obtained results showing that the 
evolution of temperature in the whole system and 
regarding the temperatures required by HT-WGS, in 
the following, it was adopted that the reactor 
performances are preferably predicted at inlet 
temperatures ranged between 350°C and 450°C. 
Therefore, in the following the evolution of 
temperature was examined and presented for all cases 
study between 350°C and 450°C. 

 

 

 
Fig. 2 – Reactor performance at different H2O/CO molar ratio and different inlet temperatures:  

(a): CO conversion, (b): H2 recovery, (c): axial temperature profile. 
Conditions: P0 = 1atm, F1 = 50 mL/min, GHSV = 2000h-1. 
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Fig. 3 – Reactor performance at different inlet temperature and at different initial total pressures: 

(a): CO conversion and hydrogen recovery for P0=1atm, (b): CO conversion and hydrogen recovery for P0 = 3 atm,  
(c): CO conversion and hydrogen recovery for P0=6atm, (d): axial temperature profiles.  

 Conditions: F1 = 50 mL/min, GHSV = 2000 h-1, H2O/CO feed molar ratio = 1/1. 
 

3. Effect of inert gas flow rate ( )IF  

In general, it is important to achieve high 
hydrogen permeation rates for a successful 
application of Pd-Ag MR in the WGS reaction. 
However, the hydrogen partial pressure of the shell 
side was a limiting factor for H2 production. 
Therefore, an effective way to achieve a higher 
hydrogen recovery is by decreasing the shell 
chamber pressure by applying vacuum to the shell 
side, or by applying an inert-gas.46 In the current 
study, the effect of the inert gas (N2) flow rate on 
the shell side of the Pd-Ag MR was evaluated. The 
results presented in Figs. 4 (a) and (b) show the 
obtained performance in terms of CO conversion 
and H2 recovery, respectively. The main results 
show that as the inlet temperature increased from 
350°C to 450°C, it can be seen that both CO 
conversion and H2 recovery increase when the inert 
gas flow rate was increased from 50mL/min to 

150mL/min. This may be explained by the positive 
effect of the inert gas flow rate for achieving high 
levels of H2 recovery and CO conversion; this is 
achieved by the increasing of the hydrogen partial 
pressure difference between shell and tube sides 
according to Eq. (15). Therefore, the hydrogen 
partial pressure in the shell side decreases, in 
which implies a higher driving force for hydrogen 
permeation through the Pd-Ag membrane. So, the 
H2 recovery was promoted and favors the CO 
consumption toward the products and conducting 
to reach higher conversions. In addition, the 
performances improvement are more evident when 
the system is operating at reaction temperature of 
450°C, the increase of inert gas flow rate boost the 
H2 recovery from 53% to 77% and enhancing the 
CO conversion from 98% to 99.31%. As result, it 
was possible to conclude that an inert gas flow rate 
is one of the key parameters in which can be used 
to maintain a higher hydrogen partial pressure 
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gradient across the Pd-Ag membrane, in favor of 
pure hydrogen recovery. Concerning the evolution 
of temperature as presented in Fig. 4(c), it appears 
that under the investigated conditions, the 
temperature changes gradually from the inlet up to 
the reactor exit. Herein, it should be noted that 
since the temperature profile does not exceed the 
required temperatures by HT-WGS reaction, it can 
be concluded that this inlet temperature of 450°C is 
safety and adequate for achieving a complete 
conversion and a higher amount of hydrogen 

recovery. Consequently, under adequate conditions 
of temperature and feed pressure, CO conversion 
and H2 recovery could be widely promoted.  It was 
possible to highlight that the fact that the use of an 
inert gas plays a more important role in the 
improvement of the CO conversion when the MR 
utilizes a membrane permselective to hydrogen. 
However, from an economic point of view the 
utilization of a large quantity of inert gas is not 
beneficial for industrial applications because an 
additional component was added to the system.11  

 

 
Fig. 4 – Reactor performance at different inert gas flow rates and for different inlet temperatures:  

(a): CO conversion, (b): hydrogen recovery, (c): axial temperature profiles. 
 Conditions: P0 = 1 atm, H2O/CO feed molar ratio = 1/1, GHSV = 2000 h-1. 

 
4. Effect of GHSV 

The effect of gas hourly space velocity (GHSV) 
on the HT-WGS reaction performance was also 
studied in a wide window from 2000h-1 to 6000h-1, 
the inlet temperature was between 350°C and 
450°C and the inert-gas flow rate was of 
150mL/min. The main results of simulations in 

terms of CO conversion and H2 recovery are 
shown in Figs. 5 (a) and (b), respectively. It is 
known that the GHSV is considered as a variable, 
which generally used to indicate the reverse of the 
residence time of reactants over a catalytic bed. 
Moreover a low GHSV indicates a high residence 
time and thus favors the conversion, whereas the 
contrary applies for a high GHSV. However, a 
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high GHSV is highly desirable since this means a 
low catalyst amount converts a high feed flow rate 
and a low reactor volume is required.35 From  
Fig. 5(a) and (b), it was found that any increasing 
of GHSV causes a significant decrease on both CO 
conversion and H2 recovery. For example, at an 
inlet temperature of 350°C, the CO conversion 
decrease from 30% to 13% and H2 recovery 
decrease from 19% to 4% when the GHSV 
increased from 2000h-1 to 6000h-1, respectively. 
However, further increase of the inlet temperature 
to 450°C, high CO conversion of 99% could be 
obtained. According to axial temperature profiles 
obtained under the investigated conditions (Fig. 
5(c)), it can be reported that the obtained evolution 
of temperature does not exceed the allowed limits, 
which favors the use of this temperature. It was 

possible concluded that the higher GHSV affect 
negatively on CO conversion because reducing the 
residence time within the catalyst and the reactants 
inside the reactor, leading to the decrease of CO 
conversion. In addition, the depletion of CO 
conversion involves in a lower H2 production and 
this determines a decrease of the H2 permeation 
driving force with a consequent lower H2 recovery 
in the shell side. Moreover, this negative effect was 
more pronounced for lower temperatures due to 
lower membrane permeability and higher 
sensitivity to CO poisoning and less favored 
kinetics which, leads to CO conversions bellow the 
equilibrium one. For this case, independently of 
the operating temperature lower GHSVs were 
always preferable for obtaining best performance. 

 

 

 
Fig. 5 – Reactor performance at different GHSV and at different inlet temperatures: 

(a): CO conversion, (b): hydrogen recovery, (c): axial temperature profiles. 
Conditions: P0 = 1 atm, F1 = 150 mL/min, H2O/CO feed molar ratio = 1/1. 
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5. Effect of the feed pressure 

 The effect of the feed pressure on the HT-WGS 
reaction performance carried out in Pd-Ag MR was 
studied by increasing this one from 1 to 6atm at inlet 
temperature of 350°C and 450°C. Fig. 6(a) and 6(b) 
shows the main results of simulations in terms of CO 
conversion and H2 recovery as function of the feed 
pressure. As shown in Fig. 6(a) at T0=350°C, it was 
clearly seen that when the feed pressure increases, 
both CO conversion and the H2 recovery increases 
proportionally too. In fact, the feed pressure increase 
favors high hydrogen permeation. Thus, due higher 
H2 recovery takes place, the carbon monoxide 
conversion may be enhanced. However, CO 
conversion was not improved too much as the 
operating pressure gets higher. In contrast, this 
increase was more evident as shown in Fig. 6(b), 
when the inlet temperature was 450°C, a nearly 
complete CO conversion was achieved, and the H2 
recovery changes from 77% up to 96.4%. Thus, our 
 

findings show that it was convenient to operate at 
higher pressure when the reaction was carried out at 
450°C. Therefore, the trans-membrane pressure 
difference was improved by an increment in the feed 
pressure, which increases the H2 permeation rate 
through the membrane leads to an increase in the rate 
of reaction and as consequence it enhancing 
noticeably the CO conversion. Therefore, the 
combination of a high feed pressure and high 
temperature were promoted a higher kinetic rate and 
higher membrane permeance, leading to high H2 
production and permeation rate, resulting 
improvement on CO conversion and H2 recovery. 
Finally, the best operating conditions of the studied 
Pd-Ag membrane reactor are 450°C and 6atm, 
leading a CO conversion of 99.99% and H2 recovery 
of 96.4%. In addition, since the obtained eligible 
temperature evolution as shown in Fig. 6(c), it can be 
reported that the achieved performances under a 
temperature of 450°C are very hopeful for CO 
upgrading to pure hydrogen by HT-WGS reaction. 

 

 

 
Fig. 6 – Reactor performance at different initial pressures and at different inlet temperatures: (a): CO conversion and hydrogen recovery at  

T0 = 350°C, (b): CO conversion and hydrogen recovery at T0  = 450°C,  (c): axial temperature profiles at T0  = 350°C and T0  = 450°C. 
Conditions: H2O/CO feed molar ratio = 1/1, F1 = 150 mL/min, GHSV  = 2000 h-1. 
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CONCLUSION 

In the current study, the performance of HT-WGS 
reaction carried out in a tubular Pd-Ag MR was 
numerically investigated using a one-dimensional 
adiabatic model developed for this purpose. In 
addition, a parametric study was established to 
optimize the process operation of HT-WGS 
membrane reactor. Therefore, H2O/CO molar ratio, 
reaction inlet temperature, inert gas flow rate, GHSV 
and feed pressure are proved as key parameters to 
evaluate optimum operating conditions to maximize 
both CO conversion and H2 recovery. According to 
our results and from carbon monoxide conversion 
point of view; it was found that the CO conversion 
depends strongly on the high temperatures and on 
feed pressure, while further increase of H2O/CO 
molar ratio and inert gas flow rate resulted in only a 
slight improvement of CO conversion. Furthermore, 
it was found that an optimum reaction inlet 
temperature of 450°C was obtained in which the CO 
conversion was maxima. The effect of GHSV on the 
CO conversion was investigated and it was found that 
it affect negatively on CO conversion because 
reducing the residence time. A relatively low GHSV 
would be advantageous to CO conversion. 
Considering the H2 recovery, higher reaction 
temperatures, feed pressure and inert gas flow rate 
show a positive effect, while higher H2O/CO molar 
ratio and GHSV produce an opposite trend. It was 
also suggested that a low H2O/CO molar ratio and 
GHSV were more suitable for high H2 production 
and permeation rate through the Pd-Ag membrane to 
achieve high H2 recovery. 

According to the model prediction results, it can 
be suggested that the best performance of the Pd-Ag 
membrane reactor were obtained at T0 = 450°C, 
P0 = 6atm, GHSV = 2000 h-1, IF = 150 mL/min and 
H2O/CO molar ratio = 1/1 with almost complete CO 
conversion and 96.4% of H2 recovery. So, it can 
therefore be concluded that, the Pd-Ag WGS-MR is a 
promising system for high-purity hydrogen produc-
tion for fuel cells applications. Finally, the developed 
model provides a valuable basis for evaluating 
reactors focused upon parametric sensitivity of 
operating conditions and H2 separation rates, thereby 
reducing the experimental burden associated with 
catalytic membrane reactor development. 

NOMENCLATURE 

CA  – Cross-sectional area, m2 

jA  – Specific heat capacities constants of 
species j 

mA  – Membrane surface area, m2 

jB  – Specific heat capacities constants of 
species j 

jC  – Specific heat capacities constants of 
species j 

jCp  – Specific heat of species j, J mol-1 K-1 

D   – Reactor diameter, m 
jD  – Specific heat capacities constants of 

species j 
md   – Membrane diameter, m 

E  – Activation energy of hydrogen 
permeability, kJ mol-1 

aE  – Apparent activation energy, kJ mol-1 

jF  – Molar flow rate of species j, mol s-1 

TF   – Total molar flow rate in tube side, 
mol s-1 

COF  – Molar flow rate of carbon monox-
ide, mol s-1 

OHF
2

 – Molar flow rate of steam, mol s-1 

2COF  – Molar flow rate of carbon dioxide, 
mol s-1 

2HF  – Molar flow rate of hydrogen, mol s-1 
0

TF  – Total molar flow rate in reactor 
inlet, mol s-1 

0
COF  – Inlet flow rate of carbon monoxide, 

mol s-1 
0

2OHF  – Inlet flow rate of steam, mol s-1 
perm

HF
2

 – Hydrogen flow rate in the permeate 
side, mol s-1 

IF  – Molar flow rate of inert gas, mol s-1 
GHSV – Gas hourly space velocity, h-1 

2HJ  – Permeation rate of hydrogen, mol m-2 s-1 

eqK  – Thermodynamic equilibrium 
constant 

0k  – Pre-exponential factor, molg (cata-
lyst)-1s-1kPa-(a+b+c+d) 

L  – Reactor length, m 
jP   – Partial pressure of gas component j, 

kPa  
TP   – Total pressure, atm  

permP  – Permeation pressure side, atm 

retHP ,2
 – Hydrogen partial pressure in reten-

tate, atm  
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permHP ,2   – Hydrogen partial pressure in perme-
ate side, atm 

2HPe  – Hydrogen permeability, 
0

2HPe  – Pre-exponential factor, mol m-1s-1 
kPa-0.5 

Q  – Volumetric flow rate, m3s-1 

R  – Universal gas constant, =8.314 J K-

1mol-1 
iR  – Reaction rate, mol gcat-1 s-1 

 
WGSR  – Water gas shift reaction rate, mol 

gcat-1 s-1 

T  – Absolute temperature, K  
refT   – Reference temperature, K 

V  – Volume, m3 

COX  – Carbon monoxide conversion 

2HY  – Hydrogen recovery 
z  – Axial coordinate, m 

Greek symbols 

WGSH∆  – Molar enthalpy of WGS reaction,  
J mol-1 

°∆ TH  – Reaction molar enthalpy at the 
standard state, J mol-1 

δ   – Membrane thickness, m 
ε   – Catalyst bed porosity 
ϕ  – Feed molar flow ratio 

catρ  – Catalyst density, kg m-3 

ζ  – Dimensionless length,  

ijυ   – Stoichiometric coefficient 

Acronyms 

CMR – Catalytic membrane reactor 
HTS – High temperature shift     
HT-WGS – High temperature-water gas shift      
LTS – Low temperature shift 
MR – Membrane reactor 
WGSR – Water gas shift reaction  

Subscripts 

a – apparent 
cat  – catalyst 
eq  – equilibrium 
i – reaction i 
in – inlet of reactor  
j – species j  
m – membrane  

out – outlet of reactor 
perm – permeate side 
ret – retenate side 
ref – reference  
T – Total 

Superscripts 

0  – Inlet conditions 
a  – Reaction order of carbon monoxide 
b  – Reaction order of steam 

 
 

c   – Reaction order of carbon dioxide 
 
 

d  – Reaction order of hydrogen 
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